In the present work, the transformation of m-xylene was studied over fresh and pre-coked H-ZSM-5 catalyst in a riser simulator over the temperature range of 350-500 o C.Significant differences were observed in both the activity and product selectivity pattern for the two forms of the catalyst.
Introduction
With increasing demand for p-xylene as a starting materials for various processes, like the production of synthetic fibres and plasticizers, efforts are continually been directed to selectively produce p-xylene from low valued m-and o-xylenes. Unfortunately, the amount of p-xylene theoretically obtainable from these aromatic compounds is very much limited by thermodynamics.
Consequently, attempts to overcome thermodynamic limitations in the transformation of xylenes have indeed constituted a great challenge to both the academic and petrochemical industry. However, the introduction of Mobil's selective toluene disproportionation process "MSTDP" in 1988 represented a clear technological improvement [1] . It should be mentioned that toluene alkylation with methanol over ZSM-5 was the first test reaction used by Chen [2] to demonstrate para-selectivity [1, 2] .
It is well-known that xylenes undergo two main competitive reactions over zeolite catalysts.
Isomerization which produces p and o-xylens and disproportionation producing toluene and trimethylbenzenes. The shape selective conversion of xylenes over ZSM-5 has been investigated in detail by several workers [1] [2] [3] [4] [5] [6] [7] [8] [9] [10] [11] [12] . Modifications of ZSM-5 by various compounds have been employed to enhance p-xylene selectivity from xylene transformation process [13] [14] [15] [16] . Similarly, para selectivity has been improved by the selective coking of the external surface of ZSM-5 [17] [18] [19] [20] [21] [22] .
The use of ZSM-5 zeolite was reported to enhance the isomerization reactions at the expenses of disproportionation reaction and it was also noticed to be more selective to p-xylene than o-xylene [23] . Furthermore, the zeolite pretreatment or modification was found to further boost the zeolite shape selectivity [3] [4] [5] [6] 24] . For example, it is well known that p-xylene is 1000 to 10000 times faster in diffusion than both m and o xylems [11, 24, 25] . In view of this the effectiveness factor was estimated to be around 1, 0.05 and 0.4 (at 450ºC) for the reaction of p-xylene, m-xylene and o-xylene respectively [25] . Hindering diffusion in ZSM-5 pores by reducing the channel size and increasing diffusional pathway can logically lead to increment in isomerization selectivity over the bulky disproportionation reaction and also in p-xylene selectivity over o-xylene selectivity. Hence the diffusivity control can be used in principle [24] to enhance p-xylene selectivity. Tsi et al [24] reported several ways to control this diffusivity. Among these methods are the use of large zeolite crystal size, pre-coking pretreament and silica deposition on the ZSM-5 surface. Pre-coking, for example is claimed to increase p-xylene selectivity up to 70-80%. Haag et al. [20, 21] were able to increase pxylene selectivity by 79% by pre-coking over ZSM-5 during toluene disproportionation.
Regarding pre-coking, it is believed that coke selectively deposits on the zeolite external surface covering the external active sites by introducing the suitable molecules. It has been reported that certain large molecules can not penetrate into the zeolite structure thus they react on the external available sites forming coke which covers those sites used for p-xylene transformation (undesired secondary reaction) [26, 24] . Since coke deposits only externally, it is assumed that the internal sites stay essentially unchanged. Thus pre-coking, generally reduces the total acid site number but it keeps enough acid sites to catalyze the reaction [26, 24] . Niwa et al [27] on the other hand, concluded that narrowing zeolite opening pores can affect p-xylene selectivity much more than inactivation of the external acid sites.
Pre-coking strategy was applied industrially in MSTDP SM process. It was reported that pxylene selectivity reached 82% at 30 % toluene conversion during toluene disproportionation.
Furthermore, it reached up to 90% at the end of the run period where the toluene conversion is about 25% [24] . It was reported that for toluene disproportionation reaction over HZSM-5, a coke content of around 2 wt% is needed for para-selectivity enhancement [21, 28] . Bauer et al [7] argued that an additional thermal treatment of the pre-coked HZSM-5 by hydrogen or alkanes is effective in enhancing p-xylene selectivity and only a small amount of coke is needed for the treatment (around 0.3 wt%).
In pre-coking, the catalyst is initially contacted with certain feedstock at certain reaction conditions to deposit a certain amount of coke on the catalyst. It has to be kept in mind that large amount of coke have the ability to deactivate even the internal active sites [12] . Thus pre-coking process has to be carefully controlled in order not to produce a negative effect. Surveying the present literature on the isomerization of xylenes over pre-coked catalyst, it appears that systematic studies which focus on the influence of the reaction parameters (reaction time, temperature, and conversion) are scarce. Thus, with this in mind, a systematic study on the influence of reaction parameters and precoking on the isomerization and disproportionation selectivity during the transformation of the mxylene will be investigated. Modelling the pre-coked catalysed reaction will also be conducted. 1,3,5
tri-isopropyl-benzene (TIPB) will be used to deactivate the external active sites.
Experimental Section

The riser simulator
All the experimental runs were carried out in the riser simulator (see Fig. 1 ). This reactor is novel bench scale equipment with internal recycle unit invented by de Lasa [29] . A detailed description of various riser simulator components, sequence of injection and sampling can be found in the work by
Kraemer [30] . The riser simulator operates in conjunction with a series of sampling valves that allow, following a predetermined sequence, one to inject reactants and withdraw products in short periods of time. The products were analyzed in an Agilent 6890N gas chromatograph with a flame ionization detector and a capillary column INNOWAX, 60-m cross-linked methyl silicone with an internal diameter of 0.32 mm.
Materials
The ZSM-5 zeolite used in this work was provided by Grace Davison Co. The as-synthesized Na zeolite was ion exchanged with NH 4 NO 3 to replace the Na cation with NH 4 + . Following this, NH 3 was removed and the H form of the zeolite was spray-dried using kaolin and alumina as the filler and a silica sol as the binder. The resulting 60 μm catalyst particles had the following composition: 30 wt % zeolite, 50 wt% kaolin and alumina, and 20 wt % silica. The process of Na removal was repeated for the pelletized catalyst. Following this, the catalyst was calcined at 600 o C for 2 h. The amount of desorbed NH 3 (total acidity). Fig 2 shows comparison between the acidity of fresh and pre-coked catalyst. Total acidity and its distribution along with the measured BET surface area for both the fresh and the pre-coked catalyst are summarized in Table 1 .
Procedure
Regarding the experimental procedure in the riser simulator, an 80 mg portion of the catalyst was weighed and loaded into the riser simulator basket (see Fig. 1 ). The system was then sealed and tested for any pressure leaks by monitoring the pressure changes in the system. Furthermore, the reactor was heated to the desired reaction temperature. The vacuum box was also heated to around 250 o C and evacuated to a pressure of around 0.5 psi to prevent any condensation of hydrocarbons inside the box.
The heating of the riser simulator was conducted under continuous flow of inert gas (Ar), and it usually takes a few hours until thermal equilibrium is finally attained. Meanwhile, before the initial experimental run, the catalyst was activated for 15 min at 620 o C in a stream of Ar. The temperature controller was set to the desired reaction temperature, and in the same manner, the timer was adjusted to the desired reaction time. At this point the GC is started and set to the desired conditions.
Once the reactor and the gas chromatograph have reached the desired operating conditions, the feedstock was injected directly into the reactor via a loaded syringe. After the reaction, the four-port valve immediately opens, ensuring that the reaction was terminated and the entire product stream sent online to the analytical equipment via a preheated vacuum box chamber.
Pre-coking experiments
Regarding pre-coking runs, 100 ml of 1,3,5-TIPB was injected at 400 o C and limited reaction was allowed to take place for only 3 sec. The amount of coke deposited on the catalyst from 1,3,5
TIPB was found to be 0.15 wt % . The system was then purged and cleaned with argon for 30 min. At this point, the reactor was heated to the desired reaction temperature. Once the reactor and the gas chromatograph have reached the desired operating conditions, the feedstock (m-xylene) was injected directly into the reactor and a normal run was allowed to take place.
The amount of coke deposited on the spent catalysts was determined by a common combustion method. In this method, a carbon analyzer multi EA 2000 (Analytikjena) is used. Oxygen is supplied to the unit directly. A small amount of the spent catalyst (0.35 g) is used for the analysis.
The coke laid out on the sample during reaction experiments is burned completely converting the carbonaceous deposit into carbon dioxide. The amount of coke formed is determined by measuring the moles of carbon dioxide.
Results and Discussion
m-xylene conversion
The major reaction products of the transformations of m-xylene, on fresh catalyst are: the other two xylene isomers (isomerization), trimethylbenzenes and toluene (disproportionation). The conversion obtained for m-xylene (without deactivation) is shown in Fig. 3 for different reaction time and temperature.
It is clear that m-xylene conversion increases with both reaction time and temperature. For example at 15sec, the m-xylene conversion was found to be around 20%, 25% and 30% at 400, 450
and 500C respectively. As temperature increases the conversion is also increased. The effect of reaction contact time was also very clear. For all reaction temperatures, the conversion is significantly increased with contact time. For example, increasing contact time from 3 sec to 15 sec increased conversion about 3-4 times for all reaction temperatures investigated.
The effect of catalyst pre-coking via 1,3,5 TIPB on m-xylene conversion for contact times of 5, 10 and 15 sec is shown also in Fig 3 at 400°C and 500°C respectively. It can be seen that for a reaction time of 15s and a temperature of 500°C, the fresh catalyst gave 30% m-xylene conversion, while the pre-coked catalysts gave around 25 % conversion. As expected coke coming from the bulky 1,3,5-TIPB has virtually deactivated the external active sites. Furthermore, coking via 1,3,5 TIPB can cause complete blockage for the zeolite internal channels keeping in mind that 1,3,5 TIPB can not diffuse inside ZSM-5 pore structure.
Isomerization to disproportionation (I/D) ratio
The transformation of xylenes over zeolite catalysts proceeds via two major reactions namely:
isomerization and disproportionation. Disproportionation reaction requires two molecules of xylene reactants in a bulky bimolecular transition state intermediate. As a result, disproportionation is significant only on large pore zeolites that can accommodate these intermediates. Furthermore, since disproportionation is a bimolecular reaction, an increase in the number of active sites would enhance this reaction. It has to be mentioned that several researchers suggested that D/I ratio on ZSM-5 approaches zero due to its small pores and channel intersection [34, 35] . However, Bauer et al [7, 12] observed TMBs on their nano ZSM-5. Also in the present study TMBs have been observed keeping in mind that the catalyst used is ZSM-5 dispersed in kaolin and acidic alumin (large pores) matrix. The effect of temperature and conversion on I/D ratio is shown in Fig. 4 . It can be seen from this figure, that I/D decreases with reaction temperature while conversion has a mild effect on this ratio. The decrease of I/D with temperature indicates that disproportionation reaction is more sensitive to temperature than isomerization. This observation is in line with the fact that disproportionation requires a higher energy of activation as compared to isomerization reaction [31] [32] [33] . conversion, this ratio decreases from 7.5 to 1.8 by increasing the temperature from 400 to 500°C.
Furthermore Fig 4
shows that I/D ratios for the deactivated catalysts are much higher than that of the fresh catalyst. The decrease in disproportionation can be easily explained based on the fact that this reaction requires two adjacent active sites to take place. Partial coking covers some of these sites leading to a decrease in disproportionation rate. Guisnet and co-workers [36] reported opposite conclusion when HFAU zeolites were used for m-xylene transformation. Their result was attributed to the greater selectivity of strong acid sites to monomolecular isomerization reaction.
The increase in I/D ratio with partial coking deactivation can be easily explained based on the fact that disproportionation reaction is a bimolecular reaction and it will be enhanced as the number of active sites increases. Thus by pre-coking, some of the active sites are covered by coke, decreasing disproportionation selectivity which is more sites demanding than isomerization reaction.
Furthermore, since in the case of ZSM-5, disproportionation reaction can take place only on the external sites, 1,3,5 TIPB can block these sites. Bauer et al [12] suggested that I/D ratio increases with pre-coking due to the reduction in strong external surface site number which is predominantly used for disproportionation reactions. Also it was noticed that pre-coking of ZSM-5 based catalyst have reduced both the o-xylene conversion and toluene and trimethylbenzene yields which are in agreement with the present result [7] .
P-xylene to o-xylene (P/O) ratio
Kaeding and co-workers [3] [4] [5] [6] suggested that an equilibrium mixture of xylene is formed as a primary product inside ZSM-5 pore structure. Thus a P/O ratio of about unity should be produced inside the pore structure of the present ZSM-5 based catalyst as a result of m-xylene isomerization. Fig. 6 depicts the effect of temperature and pre-coking on P/O ratio. In general, this ratio was found to decrease with temperature for both forms of the catalyst. However, P/O ratio was found to be less affected by m-xylene conversion. P/O ratio can be seen to decrease with temperature (at 10% mxylene conversion, Fig.5 ) from 1.5 at 400 o C to 1.2 at 500 o C for the fresh catalyst. This suggests that as temperature increases the ratio of effective diffusivities of p-and o-xylene decreases and the produced p-xylene is converted via a secondary reaction such as disproportionation. As a result, it can be concluded that p-xylene selectivity is favored at lower than at higher temperatures. Another reason can be due to the bimolecular transmethylation mechanism which requires the reaction between 1,2,4 TMB and o-xylene molecules to form p-xylene and 1,2,4 TMB [14, 37, 38] . The present result suggested that the rate of this bimolecular reaction decreases with temperature leading to an increase in P/O ratio as reaction temperature decreases. A similar observation regarding a decrease in p-xylene selectivity at elevated temperature was reported by Vinek and Lercher [39] during the disproportionation of toluene over a ZSM-5 catalyst. Furthermore, the lower P/O ratio at higher temperature could also be explained by the secondary transformation of p-xylene through disproportionation and reversibly by isomerization to m-xylene at this temperature, which surpasses that of o-xylene, because of its higher reactivity. Fig 6 shows a comparison for total xylene yields between fresh catalyst and partially deactivated one. Between 400-450 0 C and at 10 % m-xylene conversion, the deactivated catalyst has around 34% (xylenes yield) higher than the fresh one.
However, this advantage decreased to about 15% at 500 0 C.
Kinetic Model Development
To develop a suitable kinetic model representing the overall transformation of m-xylene, the reaction network shown in Scheme 1 was proposed.
P O T + T M B s
The riser simulator mass balances based on the scheme 1 can be expressed as follows: m-xylene (Scheme 1):
The concentration of any species i in the above equations is related to its mass fraction as follows:
while the influence of temperature on the model parameters can be accounted for, through the following Arrhenius equation:
T o is the average reaction temperature introduced to reduce parameters interaction of kinetic constants.
As mentioned earlier, the time on stream" decay function ( exp[ )]
) is employed in the mathematical models to account for catalyst deactivation.
In order to ensure thermodynamic consistency at equilibrium, the rate constants for m-to pxylene, and m-to o-xylene reactions in the above equations are expressed as follows [40, 41] :
where K pm = (C p /C m ) eq and K mo = (C o /C m ) eq are temperature-dependent equilibrium constants for both reactions, respectively. However, an average value can be computed for both constants, because the thermodynamic equilibrium concentrations of the xylenes remain fairly constant within the temperature range of this work. The xylene equilibrium concentrations are obtained from published works [37, 40, 41] .
Each set of equation for the simplified models involves seven adjustable model parameters that have to be estimated before a solution is obtained. These parameters were adjusted using the weighted least-square algorithm for nonlinear parameters in a MATLAB package. The results obtained in this regard are presented and discussed in subsequent sections.
Modeling Results
The apparent kinetic parameters (ko, E, & α) were determined using non linear regression of the experimental data and are reported in Table 2 (for the fresh catalyst) with their corresponding 95% confidence limits. The values of the activation energies are generally lower than those reported by Li et. [42] . E 1 was found to be the smallest among all the activation energies followed by E 2 (m-xylene to oxylene) and finally E 4 (activation energy of disproportionation). This indicates that the conversion of m-xylene to p-xylene is the easiest. The ratio of diffusion coefficients over HZSM-5 between p-,o-, and m-xylene was reported as D P =100D O = 1000D M [11] , and as D P =1000D O = 1000D M [43] , it is expected that P/O > 1. This means that the amount of p-xylene produced should exceed that of oxylene because o-xylene might undergo further reaction before leaving the zeolite crystal [44] . Based on the kinetic parameters in Table 2 The results for the deactivated catalyst kinetic modelling are shown in Table 3 . It can be seen from Table 3 that the apparent activation energy for the m-xylene isomerization to p-xylene has decreased by 35% to 2.28 kcal/mol. On the other hand the activation energy of m-xylene isomerization into oxylene has increased by 32%. However, the major increase in activation energy was for the disproportionation reaction. Table 3 reports that the new activation energy was raised to 12.93 kcal/mol which corresponds to more than 77% increment from the value for the fresh catalyst (7.3 kcal/mol). These results substantiate that the pre-coking has increased the rate of p-xylene formation and decreased the rate of disproportionation reaction and leaving the formation rate of o-xylene essentially unchanged. Many researchers suggested that toluene is formed during m-xylene transformation via p-xylene disproportionation [44] and the present kinetic data indicate that p-xylene formation increases while dispropotionation products decrease. Thus the partial catalyst deactivation has deactivated the external acid sites where the p-xylene (generated inside ZSM-5 pores) used to undergo disproportionation reaction leading to increase p-xylene formation rate and decreasing dispropotionation reaction rate. It can be mentioned here that silylation can also enhance p-xylene selectivity but by a different mechanism. Silylation usually leads to narrowing of the pore opening and high p-xylene selectivity results due to the higher p-xylene diffusivity compared to that o-or mxylene [46] . Bauer et al (28) reported that k 1 /k 2 for the pre-coked catalyst is almost double that the fresh catalyst.
Based on the kinetic parameters in
Comparison between Experimental results and Model Predictions
To check the validity of the estimated kinetic parameters using with the overall kinetic model (Scheme 1), the fitted parameters were substituted into the model developed for this scheme, and the equations were solved numerically using the fourth order Runge-Kutta method. The simulated results
were compared with the experimental data as shown in 
Mass Transfer Effect
Al-Khattaf [47] recently studied the effect of mass transfer on xylene reaction over ZSM-5 based catalyst in the riser simulator. Since the riser simulator is a constant volume batch reactor unit, operated isothermally, a suitable material balance equation that describes reactant disappearance is given by Al-Khattaf and de Lasa [48] as:
where C A is the reactant concentration in the riser simulator; V the volume of the reacting mixture (45 cm 3 ); W c the mass of the catalysts in the reacting system (0.81 gcat); η ss an effectiveness factor to account for the influence of the pore diffusion resistance on the overall reaction rate; φ is the intrinsic decay function that takes into account the deactivation of the catalyst; and r A the reaction rate.
It is essential to note that the earlier study [47] was carried out based on the overall disappearing of reactant (xylenes) and no detailed kinetic modelling was given. However, the present kinetic model representing the overall transformation of m-xylene via isomerization and disproportionation reactions only and the mass transfer effect was included. Only irreversible reaction was considered to study the effect of diffusion (scheme 2). This assumption was validated by testing the irreversibly on the apparent kinetic parameters and comparing them with the reversible scheme (1).
As shown in Tables 4&5 no much It should be noted that the following assumptions were made in deriving the reaction network:
1. The isomerization of m-xylene follows simple first-order, whereas disproportionation is second order as proposed by Atias et al. [49] and Ko and Kuo [50] 2. An irreversible reaction path is assumed for both the isomerization and disproportionation reaction. Using similar derivation procedures outlined in Atias et al. [49] , eqs 10-13 can be expressed in terms of weight fractions which are the measurable variables from GC analysis as:
exp[ ] 
The effectiveness factor (η ss ) expresses the extent of diffusional constraints inside a catalyst.
For a zeolite crystal under steady state, η ss is defined as the ratio of the actual reaction rate to the reaction rate in the absence of internal diffusional resistance. The effective diffusivity coefficient in zeolites can be represented as:
where D E represents the diffusion activation energy. Therefore, catalytic conversion of m-xylene in the riser simulator can be modeled using a set of equations, namely, eqs 14-17. Since the diffusion parameters (D O and E D ) are known, only seven intrinsic kinetic parameters k1 (
k , E R ) and α need to be determined to fully characterize the diffusive-reactive system.
The intrinsic kinetic parameters for k 1 , k 2 and k 4 (ko, E) & α were determined using non linear regression of the experimental data and are reported in Table 6 (for the fresh catalyst). The values of the activation energies are generally lower than the apparent parameters reported in Tables 2-5 .
However, the same trend was noticed for intrinsic parameters as apparent parameters. E 1 was found to be the smallest among all the activation energies followed by E 2 (m-xylene to oxylene) and finally E 4 (activation energy of disproportionation).
The results for the deactivated catalyst kinetic modelling are shown in Table 7 . It can be seen from Table 7 that the intrinsic activation energy for the m-xylene isomerization to p-xylene is around 2 kcal/mol. On the other hand the activation energy of m-xylene isomerization into o-xylene has increased by more than 100%. Furthermore the activation energy for the disproportionation reaction was increased by 73%.
Now according to Levenspiel [52] the apparent activation energy E APP is equivalent to half of the summation of the intrinsic activation energy E in and the diffusion activation energy E D as follows;
Hence based on Eq (21) , where E D is equal to 9 kcal/mol and from Table 6 E in for disproportionation reaction is equal to 6 kcal/mol , the apparent activation energy for the disproportionation reaction = (6+9)/2= 7.5 kcal/mol and for o-xylene formation = (2.87+9)/2 =6 kcal/mol. These values match very well with the apparent activation energy for the two reactions which was reported in Table 4 .
However, for p-xylene formation the situation is more complicated where the apparent activation energy = (1.68 + 9)/2= 5.3 kcal /mol. But in Table 4 Table 9 .
Conclusions
The following conclusions can be drawn from transformations of m-xylene over fresh and precoked ZSM-5 in the riser simulator under the conditions of the present study:
1. The pre-coking has affected both the reactivity of m-xylene and the selectivity. While the mxylene conversion has decreased with pre-coking, isomerization reaction selectivity has immensely increased. The higher value of this ratio with pre-coking was explained by the deactivation of the external active sites which increased the difficulty of accommodating two molecules of xylene, necessary for disproportionation. The difference in I/D ratio between the fresh and the pre-coked catalysts was maximum at 400C and it reached around 6. However, this difference was found to decrease rapidly with temperature reaching a minimum (less than 1) at 500C.
2. For both catalysts P/O ratio was more than 1 and this is expected since ZSM-5 is the origin of both catalysts. P/O ratio was always higher for the pre-coked catalyst and it was found to decrease with temperature for both catalysts. The maximum P/O ratio was obtained at 400C for the pre-coked catalyst (> 2.5).
3. It is evident that the partial coking has decreased the secondary conversion of the produced pxylene. This suggested that the disproportionation reaction was taken place on both the matrix and the external zeolite active sites. The modeling results support this argument since the apparent activation energy of the p-xylene formation over the pre-coked catalyst has decreased by 32%, the apparent activation energy of the o-xylene formation has increased by 40% and the apparent activation energy of the disproportionation reaction has increased by 75%.
4. It can be concluded that m-xylene reaction over ZSM-5 based catalyst is severely hindered by reactant diffusion. 
